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� A transient model is developed to

predict gas crossover in an alkaline

electrolyzer.

� Model can be used for multi-cell

stacks with two separator tanks.

� Dynamic response of the system

depends strongly on the size of the

separator tanks.

� The model computes different

product gas impurities depending

on the start-up mode.

� This is a tool to size the stack and

separator tanks, considering ex-

plosion safety.
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a b s t r a c t

Due to the intermittency of renewable energy sources, alkaline water electrolyzers are

typically operated at partial load compared to the nominal design value. It is well-known

that gas crossover is dominant at low current densities leading to higher anodic

hydrogen content and higher cathodic oxygen content in the separator tanks. High anodic

hydrogen content is tantamount to loss of product hydrogen which results in an explosive

atmosphere in the gas phase if the volumetric hydrogen content in oxygen exceeds 4%. We

have developed a transient model of a multi-cell stack which can describe the operation of

the electrolyzer with mixed electrolyte flows (anolyte and catholyte), separated flows, or a

combination thereof (dynamic switching). This is a major extension of the steady-state

model developed by Haug et al. (International Journal of Hydrogen Energy, 2017, 42,

15,689e15707). In sharp contrast to the steady-state model by Haug et al., the transient
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Transient modelling
Potassium hydroxide
model can calculate the gas crossover as the operating conditions (e.g. electrolyte flow

cycles) dynamically change in time. Depending on the size of the stack and the separator

tanks, the model estimates different rates for impurities to build up. The transient model is

validated using independent experimental results by Haug et al. and Brauns et al. (Elec-

trochimica Acta, 2022, 404, 139,715) The results show that the dynamic model can follow

experimental results for fluctuating current densities for a period of several days. We found

that the dynamic response and transition time to steady state depend significantly on the

geometrical volume of the gas separators with respect to the single-cell stack. For a multi-

cell stack, we find that the impurities build-up faster when increasing the number of cells

in the stack. This model serves as a tool for sizing and process management of the elec-

trolyzer system and the separator tanks especially with respect to explosion safety.

© 2023 The Author(s). Published by Elsevier Ltd on behalf of Hydrogen Energy Publications

LLC. This is an open access article under the CC BY license (http://creativecommons.org/

licenses/by/4.0/).
Introduction

Reducing greenhouse gas (GHG) emissions across different

industries is one of the greatest challenges of the 21st century

[1,2]. GHG emissions trap the heat in the atmosphere and have

a negative impact on climate change [2,3]. The main contrib-

utors to current GHG emissions are carbon dioxide (CO2),

methane (CH4) and Nitrous Oxide (N2O). An option to reduce

the GHG emissions can be the use of green hydrogen [4,5]. The

word “green” implies that the electricity used for hydrogen

production is originated from renewable sources e.g.wind and

solar [4]. Water electrolysis has become significantly popular

as a way to decarbonize industrial processes and different

sectors [6]. Popular research topics in the recent years include

simulation, operation and design optimization, coupling to

renewable sources, storage technologies, economics, storage,

etc. An overview of these research topics in the recent years is

provided in Ref. [6]. Water electrolysis involves splitting water

using electrochemical principles into its building blocks;

hydrogen and oxygen.

Alkaline water electrolysis (AWE) is the most mature and

commercially available technology since 1902 [7]. The first

AWE was demonstrated by Van Troostwijk and Deinman in

1789 [8]. The electrolysis cell consists of two porous elec-

trodes, namely the anode and the cathode. The electrodes are

immersed in a strong liquid alkaline electrolyte which is

either potassium hydroxide (KOH) or sodium hydroxide

(NaOH). The electric conductivity of the electrolyte solution

allows charge transfer (electricity) within the aqueous elec-

trolyte solution. To avoid the mixing of the evolved gases at

the anode and the cathode (gas crossover), a separator is

placed between the cathodic and anodic compartments. The

efficiency and performance of the cell depends on the geom-

etry, electrode and separator materials, electrolyte flow rates,

etc. [9]. In typical alkaline technology, the separator can

significantly reduce the gas crossover however it cannot

completely eliminate it. The gas crossover takes place when

the produced hydrogen at the cathodic half-cell permeates to

the anodic half-cell, or the produced oxygen at the anodic

half-cell permeates to the cathodic half-cell [10].

The cathodic and anodic half-cell reactions are
2H2Oþ 2e�/2OH� þH2 (R1)

2OH�/0:5O2 þH2Oþ 2e� (R2)

and the overall reaction is:

H2O/H2 þ 0:5O2 (R3)

When direct current (DC) is supplied to the electrolysis cell,

H2O is reduced at the cathode, and H2 with OH� ions are

produced. This reaction (R1) is often called the hydrogen

evolution reaction (HER). In the anodic half-cell (R2), OH� ions

are oxidized, resulting in oxygen and water molecules. This

reaction is often called the oxygen evolution reaction (OER).

Green hydrogen production is bound by fluctuating elec-

tricity production from wind and solar energy [10,11]. Fluctu-

ating load profiles of wind turbines and photovoltaic systems

lead to electrolyzers operating on partial load relative to the

nominal load [10]. A technical evaluation of the flexibility of

different electrolysis systems is provided in Ref. [12]. The

nominal load is typically referred to a current density in a cell

resulting in an efficiency of 70% based on the lower heating

value of hydrogen [10]. The partial load range of conventional

AWE is limited to 10%e40% [13]. Reducing the partial load

results in an increase in gas impurities at both half-cells

[13e15]. It is important to note that the frequency at which

the electrolyzer is operated at partial load depends on the

number of electrolyzers installed, the total capacity of the

stacks, the nominal power of the wind and solar, and whether

there is any battery energy storage systems installed before

the electrolyzer. The implications of coupling fluctuating and

highly intermittent renewable energy sources and dynamic

AWE operation are summarized in Ref. [16]. An example of a

variable load coupled to a pressurized alkaline electrolyzer

with a capacity of 250 kW is studied in Ref. [17]. Gas crossover

at partial loads is critical according to explosion safety regu-

lations [7,10,15,18]. Operating the electrolyzer above the

nominal load is bounded by lifetime issues [10,13,15]. Another

important parameter for an electrolyzer is the maximum

current, which depends on several factors including current

efficiency, energy efficiency, material limitations, etc. Deter-

mining the maximum current for a specific electrolyzer is

however beyond the scope of this work.
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Different phenomena contribute to gas crossover

including: (1) diffusive mass transfer: the dissolved species

(oxygen and hydrogen) can diffuse through the separator to

the opposite half-cell, (2) convective mass transfer: mass

transfer across the separator due to a pressure differential

between the cathodic and anodic half-cells, (3) mixing elec-

trolyte flows from anodic and cathodic separator tanks

(anolyte and catholyte) entering the electrolyzer. Anolyte

returning from the separator tank is saturated with oxygen,

while catholyte flow from the separator tank is saturated

with hydrogen. Mixing anolyte and catholyte flows leads to

dissolved hydrogen and oxygen entering the anodic and

cathodic half-cells, respectively [19]. It was demonstrated

using experiments [15,20] and modelling [14] that electrolyte

mixing outweighs diffusive mass transfer and convective

mass transfer. The contribution of diffusive mass transfer

increases with increasing temperature, decreasing separator

thickness, and lower electrolyte flow rates [19]. Uncontrolled

gas crossover especially during the partial-load operation of

the electrolyzer may lead to an explosive atmosphere in the

separator tanks. The hydrogen-oxygen mixture can lead to

spontaneous combustion if the concentration of the oxygen

or hydrogen in the mixture reaches ca. 4% vol., which is the

Lower Explosive Limit (LEL) [18]. The exact value of the LEL

may slightly deviate from 4% depending on the operating

temperature and pressure. Another disadvantage of gas

crossover is the loss of hydrogen product. The amount of

hydrogen entering the anodic compartment and the sepa-

rator tank is usually not recovered, and it enters the atmo-

sphere. To remove the oxygen entering the cathodic

compartment or the separator tank, a catalytic reaction may

be used in which part of the produced hydrogen is also used
Fig. 1 e Simplified process flow diagram of the electrolysis plant

In this process flow diagram, two 3-way valves are used on the

electrolyte flows. In principle other valve configurations are pos

outlet of the cathodic separator tank contains hydrogen, water a

tank contains oxygen, water, and hydrogen, as impurity.
to remove the oxygen which reduces the efficiency of the

electrolysis plant [21].

Haug et al. [15] proposed a dynamic method of operating

the alkaline electrolyzer to reduce the gas crossover especially

at low current densities. In this method, the system is oper-

ated in a so-called “mixed” and “separated” electrolyte flows.

A schematic representation of mixed and separated electro-

lyte flow cycles is shown in the simplified process flow dia-

gram in Fig. 1. Operating in mixed flow includes mixing of

anolyte and catholyte at the inlet of the electrolyzer.When the

electrolyzer is operated at 1 bar, with mixed electrolyte flows,

the contribution to the gas crossover due to the pressure dif-

ferential between the two-half cells is usually negligible [14].

In this case, the electrolyte mixing due to convective mass

transfer, and the diffusion flux due to the difference in the

concentration of species in the half-cells play a dominant role

in the gas crossover [14,15,22]. The concentration gradient

forms over time due to production and consumption of water

in the cathodic and anodic compartments as in Reactions R1

and R2 [14]. Electrolyte mixing is required to avoid having an

electrolyte concentration gradient between the cathodic and

anodic half-cells [14]. Gas crossover due to electrolyte mixing

is shown to have a significant contribution in the AWE

[14,15,20]. When operating in separated flows, the anolyte and

catholyte flows enter the electrolyzer separately, without

mixing. In this way, diffusion through the separator is the

predominant mechanism for gas crossover assuming equal

pressures in both half cells. Dynamic operation means that

the anolyte and catholyte flows are managed to be mixed or

separated during electrolysis [14,15]. This leads to a decrease

in gas crossover compared to operating the process fully with

mixed electrolyte flows.
. (a) Mixed electrolyte cycles (b) Separated electrolyte cycles.

cathodic side to switch between mixed and separated

sible to achieve mixed and separated electrolyte cycles. The

nd oxygen, as impurity. The outlet of the anodic separator
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Multidimensional modelling of AWEs has drawn attention

of researchers in the recent years [23e27]. Lee et al. [23] have

developed a three-dimensional transient model of an AWE

without considering the gas crossover in the mathematical

model. Cruz et al. [24] have developed a transient model to

minimize the cost with respect to fluctuating electricity price.

As a recommendation for future work, Cruz et al. have

mentioned mixing of hydrogen and oxygen through the liquid

electrolyte (which leads to crossover). Sakas et al. [25] devel-

oped a dynamic model using Simulink [28] to compute the

mass flow rate of product gases and the polarization curve. This

model does not consider the purity of the product gases at the

outlet of the gas separators and the gas crossovermechanisms.

The following studies have addressed gas crossover with

different levels of rigour. Haug et al. [14] developed a steady-

state model for predicting gas crossover in AWE. This model

is based on a Continuous Stirred-TankReactor (CSTR)model for

the cell. The gas crossover is computed as a function of current

density, temperature, electrolyte concentration, and flow rate

in the electrolyzer. The mechanisms for the gas crossover

considered in this work are electrolyte mixing and diffusion

through the separator. Sanchez et al. [29] developed a MATLAB

[30] model where the anodic hydrogen content (due to the

crossover) is calculated using semi-empirical correlations as a

function of the current density. In thismodel, the gas crossover

mechanisms are not considered in detail using physically

based models. De Groot et al. [19] developed a steady-state

model to compute the impurity of product gases for operating

pressures up to 20 bara. In sharp contrast to the work of Haug

et al. [14], the gas crossover due to differential pressure through

the separator is also considered by De Groot et al. Based on the

aforementioned references on gas crossover modelling, it is

clear that the transientmodels are not thoroughly addressed in

combination with gas crossover and purity of product gases.

The transient model developed in this work predicts the

product gas impurity using transient mass balance equations.

The model can be used to calculate the impurities during start-

up or shutdown time of the electrolyzer as well as steady-state

operation. To make a model applicable to electrolyzers with a

plurality of cells, the single cell transient model was extended

to a multi-cell electrolyzer as well. As a result, the electrolyzer

can operate safely without exceeding the LEL below partial-

load. It should be noted that due to the CSTR model, a uni-

form concentration throughout the electrolysis cell is assumed,

and the complex mass transfer mechanisms in the vicinity of

the electrodes are lumped in the gas evolution efficiency. This

makes the model robust and fast for simulation. However, for

more advanced simulations, a more physically based model

with more physical dimensions of the cell is recommended.

The rest of this paper is organized as follows. In Section

Mathematical Model, the mathematical model developed in

this work is described. The model is based on CSTR and the

conservation of mass equations per species in every half-cell

and in the separator tanks. Experimentally determined pa-

rameters required for optimizing the transient model are

introduced in this section. These parameters include diffusion

coefficients, solubilities in water and electrolyte solutions,

and bubble size distributions of hydrogen and oxygen product

gases. The transient model is also extended to a multi-cell

stack in which the number of cells can be changed as an
input parameter. An overview ofmass transfermodels used in

this work is provided in Section Mass Transfer. In Section

Simulation Details, simulation details and boundary condi-

tions used for the single-cell and multi-cell models are

explained. Simulation parameters and input data are sum-

marized in Section Parameters. To validate the model, the

same parameters as in Refs. [14,15] are used. In Section

Results, the model is validated, for a single-cell stack, using

experimental measurements by Haug et al. [14,15]. A sensi-

tivity analysis is provided to study the dynamic response of

the system by changing operating parameters such as tem-

perature, liquid flow rate, mass fraction of KOH in the elec-

trolyte solution, and the volume of the separator tanks. It is

shown that the liquid flow rate, temperature and the mass

fraction of KOH affect the anodic hydrogen content, while the

transition time to steady-state is not significantly affected

compared to changes in the volume of the separator tank. For

a multi-cell model, the dynamic response of the system is

studied for a fixed separator tank volume and stack sizes be-

tween 1 and 20 cells. The model shows a faster rate for

building up impurities with increasing the number of cells. To

avoid certain impurity thresholds (e.g., 2% vol.), one can

reduce switching time between mixed and separated elec-

trolyte cycles. It is shown that in general, a smaller switching

time can be used for a larger stack. Our conclusions are

summarized in Section Conclusions. We find that the model

can predict the anodic hydrogen content in excellent agree-

ment with available experimental data [15]. The present

model requires the gas evolution efficiency as an input

parameter which can be obtained from steady-state mea-

surements [14,15]. The multi-cell model can be used to adjust

the switching time between mixed and separated electrolyte

cycles depending on the size of the separator tanks and the

number of cells within the stack. The model also indicates

different rates for building up impurities at startup with

mixed or separated electrolyte cycles. This can be further

adjusted by changing the switching time between mixed and

separated electrolyte cycles.
Mathematical model

This work extends the steady-state model developed by Haug

et al. [14] to a transient model which yields the production

rate, anodic hydrogen content and the cathodic oxygen con-

tent, (impurities) as a function of time. In sharp contrast to

Ref. [14] which models a stationary process, changes of con-

centrations and partial pressures of species are considered.

The electrolyzer is modelled as an ideal CSTR [31] with con-

stant temperature and concentration. Composition of product

gases, which are saturated with water vapour, are sampled at

the outlet of the separator tank. The model allows for simu-

lating both mixed and separated electrolyte flows. A time-

dependent input for the electrolyte flow can be used to

actively switch between mixed and separated electrolyte

flows. The following operating conditions can be set to

calculate the composition of product gases accordingly: the

current density, applied pressure, electrolyte mass fraction,

liquid volumetric flow rate, liquid volume in the gas separa-

tors, and volume of the half-cells.

https://doi.org/10.1016/j.ijhydene.2023.05.184
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Fig. 3 e Mass transfer mechanisms during alkaline water

electrolysis. During electrolysis, product gas (H2 or O2)

dissolves in the liquid electrolyte, in the concentration

boundary layer of the electrode (flux ND). Due to the

supersaturation in the concentration boundary layer

[33,35], the product gas is partly desorbed to the gas phase

(flux NG). Due to the combined effect of diffusion and

convection, the rest of the product gas remains dissolved

and is transferred to the electrolyte bulk (flux NE). Due to

i n t e rn a t i o n a l j o u r n a l o f h y d r o g e n en e r g y 4 8 ( 2 0 2 3 ) 3 4 2 1 0e3 4 2 2 834214
Transient species balance equations

In Fig. 1, simplified process flow diagram of the modelled

electrolysis plant is shown. To balance the pressures between

the separator tanks, one can connect the bottom of the

separator tanks with a liquid level equalizer tube. This avoids

a differential pressure build-up between the separator tanks

and it is experimentally shown to have negligible effect on the

total gas crossover [15]. Since this effect is negligible, in this

work no distinction is made between partly-separated flow

and separated flow, in sharp contrast to Ref. [14]. The role of

the feedwater stream is to compensate for the water

consumed due to gas production. To visualize the liquid and

gaseous volumes inside the separator tanks, the bubbly flow is

depicted as two distinct areas (ideal separation).

The transient mass balance equations, used in this work,

correspond to the schematic representation shown in Fig. 1,

including the electrolysis cell and two separator tanks con-

nected to the anodic and cathodic half-cells. For setting up the

mass balance equations, the electrolysis cell and the separator

tanks are shown in detail in Figs. 2 and 4. The model assumes

two ideal CSTR models for the cathodic and anodic half-cells.

The separator tanks are also modelled based on CSTR as-

sumptions excluding chemical reactions. It is further
Fig. 2 e Illustration of different mass transfer phenomena

inside the cell, included in the dynamic model. _nj
R;i is the

reaction rate, _V
j
Lc

j
in;i is the molar flow rate of species i

entering the electrolysis cell with the liquid electrolyte

with a volumetric flow of _VL in compartment j. _V
j
Lc

j
out;i is the

molar flow rate of species i exiting compartment j.
pj
out;i

_V
j
G

R T is

the molar flow of species i in the gas phase at the outlet of

compartment j, Nj
phys;i is molar flow rate due to desorption

flux between the gas phase and the electrolyte. Ni
cross is the

molar flow rate due to the diffusion through the separator.

supersaturation in the electrolyte bulk, a small amount of

the dissolved product desorbs to the detached bubbles (flux

NF). The rest of the gas remains dissolved and exits the

electrolysis cell. This schematic representation is based on

the work of Krause and Vogt [59].

Fig. 4 e Schematic illustration of the flows inside the

separator tank. _V
j
Lc

j
out;i is the flow rate of species i entering

the separator tank with the liquid electrolyte with a

volumetric flow of _VL at the outlet of compartment j from

the cell,
pj
out;i

_V
j
G

R T is the molar flow rate of species i in the gas

phase at the outlet of compartment j from the cell, entering

the separator tank.
psep;j
out;i

_V
j
G

R T is the flow rate of the product gas

at the outlet of the separator tank. The liquid stream at the

outlet of the gas separator, _V
j
Lc

sep;j
out;i , is recirculated.
assumed that the composition of the electrolyte between the

half-cell and the separator tank is constant. This means that

the composition of the electrolyte and the product gas at the

outlet of the half-cell and inlet of the separator tank are the

same allowing one to couple mass balance equations for the

https://doi.org/10.1016/j.ijhydene.2023.05.184
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electrolysis cell and the separator tanks. The volumes of the

interconnecting pipes are not included in the model. In the

following sections, we derive the transient material balances

in the electrolysis cell followed by the transient material bal-

ances in the separator tanks. All physical constants, symbols

and variables are defined in the nomenclature, and are

referred in the explanation of the equations as well.

Half-cells

In Fig. 2, a schematic representation of a single cell is shown

consisting of cathodic and anodic half-cells separated by a

separator. Eachhalf-cell ismodelled as an ideal CSTR. Allmass

transfer mechanisms within the half-cells and crossing the

boundaries are illustrated in this figure. In the mass balance

equations for the half-cells and the separator tanks, the su-

perscript j in variable Xj refers to either the cathodic or anodic

sides. This is denoted by “cat” or “ano”, respectively. For ther-

modynamic properties such as pressure and concentration,

the subscript i refers to the chemical species (H2 or O2). Ther-

modynamic properties at the inlet or outlet of the half-cells are

distinguished with subscripts “in” and “out”, respectively. For

example, panoout;H2
and canoout;H2

refer to the partial pressure and

concentration of hydrogen at the anodic compartment at the

outlet of the half-cell, respectively. Due to the CSTR model

assumption, the gas evolution at the electrolyte is instanta-

neous depending on the value of the current density. This

means that the distribution of liquid and gas volumes within

the cell is fixed per current density. The volumetric flow rates

of the electrolyte and product gases corresponding to

compartment j are denoted by _V
j
L and _V

j
G, respectively.

Permeation of species i across the separator is denoted as

Ni
cross. At the liquid-gas interface in compartment j, the mass

transfer rate of species i (desorption flux) is denoted as Nj
phys;i.

This is shown as an inset in Fig. 2. In compartment j, the re-

action of species i is denoted as _nj
R;i. The production of

hydrogen in the cathodic and anodic half-cells obeys Faraday's
law [32]. Faraday's law states that the amount of substance

depositedor releasedat theelectrode isdirectlyproportional to

the quantity of charge transferred at that electrode [32].

The mass transfer mechanisms near the electrode area are

shown in detail in Fig. 3. Due to the mass transfer limitations

in the gas evolving electrodes [33,34], part of the product gas,

ND, is transferred to the liquid phase, NE, and the rest, NG, is

directly transferred to the gaseous phase at the electrode re-

gion (due to supersaturation in the boundary layer) [35,36]. NF

denotes the mass transfer rate between the bulk liquid and

the detached bubble bulk electrolyte. One of the parameters

used in the mass balance equations is the gas evolution effi-

ciency of hydrogen or oxygen. It is defined as the ratio be-

tween NG and ND denoted by fG,i [37]. The transient material

balance for species i in the liquid phase (electrolyte) in the

anodic compartment follows from:

dcanoout;i

dt
¼ 1
Vano

liq

,
h
_V
ano

L ,
�
canoin;i � canoout;i

�
þNano

phys;i,A
ano
GL

þNcross;i,Adþ
�
1� fG;i

�
, _nano

R;i

i (1)
in which Vano
liq is the volume of the liquid electrolyte inside the

anodic half-cell, Ad is the area of the separator available for

cross permeation of species, Aano
GL is the total area at the gas

liquid interface in the anodic half-cell. The reaction rate _nj
R;i

obeys Faraday's law [32]:

_nj
R;i ¼

Jni
nF

Ael (2)

in which the stoichiometric coefficient ni corresponds to Re-

action R3, Ael is the active surface area of the electrode, and

the charge transfer is n ¼ 2. In Eq. 2, it is assumed that the

Faradaic efficiency (current efficiency) is 100%. In a similar

manner, the material balance for the dissolved species in the

liquid electrolyte in the cathodic half-cell follows from:

dccatout;i

dt
¼ 1

Vcat
liq

,
h
_V
cat

L ,
�
ccatin;i� ccatout;i

�
þNcat

phys;i,A
cat
GL

�Ncross;i,Adþ
�
1� fG;i

�
, _ncat

R;i

i (3)

it is important to note that in Eqs. 1 and 3 the mass transfer

flux, Nj
phys;i is defined positive from the gas phase to the elec-

trolyte (inset of Fig. 2). Since the electrolyte bulk is supersat-

urated, the mass transfer takes place from the electrolyte [34]

which makes the mass transfer flux negative. The desorption

mass flux is integrated over AGL. The crossover flux through

the separator,Ni
cross, is considered positive from cathode to the

anode. For hydrogen, this term remains positive as cathodic

bulk concentration of hydrogen is higher compared to the

anodic half-cell. For oxygen, the crossover flux takes place

from the anodic half-cell to the cathodic half-cell making

Ncross;O2
negative.

For the material balance in the gas phase, it is assumed

that the gas phase obeys the ideal gas law. This is justified due

assuming atmospheric operation of the electrolyzer. At higher

pressures, fugacity coefficients can be used to correct for non-

idealities in the gas phase [38,39]. The material balance of

gaseous species i in compartment j follows from:

dpj
out;i

dt
¼ �

_V
j

G

Vj
gas

,pj
out;i �

R,T

Vj
gas

,
�
Nj

phys;i,A
j
GL � fG;i, _n

j
R;i

�
(4)

in which _V
j

G is the total volumetric flow rate of the product gas

at the outlet of the half-cell j, Vj
gas is the volume of the product

gas in the half-cell. R is the universal gas constant. For species

i, Eq. 4 is coupled to Eqs. 1 and 3 using Nj
phys;i and fG,i in the

anodic and cathodic compartments. Note that the flow rates

_V
j

L and _V
j

G are determined at the outlet of the electrolysis cell

and not in the separator tanks.

Separator tanks

In Fig. 4, a schematic representation of the gas separator tank

is shown. Two separator tanks are used for cathodic and

anodic half-cells each. The liquid levels in both separator

tanks are assumed to be equal and steady in time. This is

equivalent to the liquid level equalizer in the system [14].

Similar to the electrolyzer cell, the gas separators are also

modelled as CSTR ideal reactors with the distinction that no
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chemical reaction takes place. The concentration of species i

in the separator tank connected to the half-cell j is denoted as

csep;jout;i . In the separator tanks, no additional mass transfer be-

tween the liquid electrolyte and the gas phase is considered. It

is further assumed that only the liquid electrolyte is directed

back to the electrolysis cell, and the product gases exit the

electrolysis plant at the outlet of the separator tanks. It is

important to note that gaseous products in both anodic and

cathodic compartments contain impurities. This means

presence of oxygen in the hydrogen separator tank and oxy-

gen in the hydrogen separator tank.

Mass balance equations for the separator tank are essential

for transient modelling of gas impurities. As it will be shown

in Section Results, the volume of the liquid electrolyte which

is related to the size of the separator tank affects the time in

which gas impurities reach steady state values. This is in

sharp contrast to the steady-state model by Haug et al. [14] in

which the physical volume of gas separator tank is not

considered to calculate the impurities at steady-state condi-

tions. The transient mass balance of species i in the separator

tank of compartment j follows from:

dcsep;jout;i

dt
¼

_V
j

L

Vsep;j
liq

,
�
cjout;i � csep;jout;i

�
(5)

in which csep;jout;i is the concentration of species in the separator

tank, connected to compartment j. It is important to note that

cjout;i is the concentrationof species iat the inlet of the separator

tank which is equal to the concentration of species i at the

outlet of the half-cell j. For every half-cell, Eqs. 1, 3 and 5 are

coupled using the species concentrations and volumetric flow

rate of the electrolyte. The material balance for the gaseous

species i, in the gas separator connected to compartment j:

dpsep;j
out;i

dt
¼

_V
j

G

Vsep;j
gas

,
�
pj
out;i � psep;j

out;i

�
(6)

in which psep;j
out;i is the partial pressure of species i in the sepa-

rator tank. pj
out;i is the partial pressure of species i at the inlet of

the separator tank which is equal to the partial pressure of

species i at the outlet of the half-cell. Note that Eq. 6 is directly

coupledwith Eq. 4. Eqs. (1)e(6) are in total 16 coupled transient

mass balance equations with 16 unknowns.

The impurity of the product gas in the anodic separator

tank is the amount of H2 in O2. The impurity can be calculated

as themole fraction of gaseous H2 without taking into account

water vapour. This definition is consistent with the definition

in Refs. [14,15] which is also used for model validation.

yH2
¼ psep;ano

out;H2

psep;ano
out;H2

þ psep;ano
out;O2

(7)

The impurity of the product gas in the cathodic separator

tank is the amount of O2 in H2 which follows from:

yO2
¼ psep;cat

out;O2

psep;cat
out;H2

þ psep;cat
out;O2

(8)

When fitting the model to experimental data (measured

impurities), it is important to distinguish between the
measurements at the exit of the cell, and the measurements

at the exit of the separator tanks. Measuring the impurities at

the exit of the separator tanks includes the additional mass

transfer between the gas and liquid phase within the sepa-

rator tank. In sharp contrast, when impurities are measured

after the cell outlet, the compositional changes due to the

additional mass transfer in the separator tanks are excluded.

It is well-known that crossover of hydrogen to the anodic

compartment is larger compared to the crossover of oxygen to

the cathodic compartment [14,15,22]. This means that during

operation of the electrolyzer, yH2 is normally the first to cross

the explosion safety limit of 4%. This is mainly due to the

higher diffusion of hydrogen in the electrolyte mixture and

lower production of oxygen at the anodic content with respect

to hydrogen production (Eqs. R1 and R2). Therefore, consid-

ering the anodic hydrogen content is sufficient for the safety

limit.
Mass transfer

The desorption flux Nj
phys;i is themass transfer rate of species i

between the liquid electrolyte and the product gases in

compartment j. Here, film theory is used to model the

desorption flux [40,41]. Adjacent to the interface of the liquid

and gas phase, a thin layer of liquid (film) is considered with

the thickness d [42]. This can be extended to two films in series

including a gas film adjacent to the liquid film. Assuming

negligible mass transfer resistance at the gas interface, the

mass flux of species is governed by the liquid film [14]. By

applying Fick's law of diffusion, the desorption flux is obtained

from:

Nj
phys;i ¼ kj

L;i,
�
c*;ji � cjout;i

�
(9)

in which c*;ji is the solubility of species i in liquid film (elec-

trolyte) in equilibriumwith the product gas in compartment j.

kj
L;i is the mass transfer coefficient in the liquid film obtained

from the ratio between the diffusion coefficient in the liquid

film and the liquid film thickness: D
dL
. This ratio is normally

unknown [40], however, the mass transfer coefficient can be

modelled by applying empirical Sherwood correlations [14].

The equilibrium concentration c*;ji in aqueous KOH solution is

expressed as a function of the partial pressure of species i in

the gas phase, pj
out;i. First, the solubilities of hydrogen and

oxygen in pure water are related to their partial pressures by

Henry's law [43]. Second, solubilities of hydrogen and oxygen

in aqueous KOH solutions are obtained using the Sechenov

equation [14,44,45]. Combining Henry's law and the Sechenov

equation leads to the following:

c*;ji ¼ rH2O,p
j
out;i

MH2O,101325,Hi,10KS;i,wKOH
(10)

in which rH2O is the density of pure water in [kgm�3] [46],MH2O

is the molar mass of water in [g mol�1], Hi is the Henry's
constant in [atm], and KS,i is the Sechenov constant of species

i, andwKOH is the KOHmass fraction. For the calculation of kj
L;i

the reader is referred to Refs. [47,48].
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Permeation flux through the separator, Ncross,i, is driven by

diffusion and differential pressure. Due to the atmospheric

operation of the cell, the differential pressure between the

half-cells is considered negligible in this model, and the

permeation flux is controlled by the concentration gradient of

species in the anodic and cathodic half-cells. Using Fick's law,

the permeation flux is obtained from:

Ncross;i ¼ Deff
i

dd
,
�
ccatout;i � canoout;i

�
(11)

where dd is the thickness of the separator, and Deff
i is the

effective diffusion coefficient of species i. The effective diffu-

sion coefficient is a function of the molecular diffusion of

species i in the liquid electrolyte [49], porosity, e, and tortu-

osity, t, of the separator.

Deff
i ¼ Di;q

e

t
(12)

in which Di,q is molecular diffusion coefficient of hydrogen or

oxygen. Molecular diffusion data can be found using experi-

mental data [14,49] or advanced simulation techniques such

as molecular simulations [50].
Fig. 5 e Schematic representation of the n-cell electrolyzer

corresponding to the extended transient model. Manifolds

distribute the flow between the anodic and cathodic half-

cells without any mixing. The manifold at the outlet of the

stack collects the bubbly anolyte flow directed to the

anodic separator tank. The bubbly catholyte flow is

directed to the cathodic separator tank.
Simulation details

Boundary conditions for mixed and separated flows

Simulations of the electrolysis plant can be performed with

separate electrolyte flows, mixed electrolyte flows, or a com-

bination thereof as a function of time. For every case, the

boundary conditions of the electrolysis cell can be defined. For

bothmixed and separated flows, it is assumed that no product

gases are recirculated throughout the system. Therefore, the

inlet volumetric flow rate is gas-free. For mixed flows, the

volumetric flow of the electrolyte entering the electrolysis cell

follows from:

_Vmix ¼ _V
ano

L þ _V
cat

L (13)

it is assumed that the mixer distributes the flow equally be-

tween the half-cells. The concentration of species in the

volumetric flows correspond to the outlet of the hydrogen and

oxygen separator tanks, csep;jout;i . Assuming ideal mixing of the

anolyteand the catholytebefore the inlet of theelectrolysis cell

(see Fig. 1), the inlet concentration in bothhalf-cells is obtained

from:

cjin;i ¼ cmix
i (14)

The dissolved mixed concentration cmix
i can be found by

applying a mass balance for the ideal mixer before the inlet of

the electrolysis cell (see Fig. 1) for each species i.

cjin;i ¼ cmix
i ¼

_V
ano

L ,csep;anoout;i þ _V
cat

L ,csep;catout;i

_Vmix

(15)

For separated flows, the concentration of the species at the

inlet of the half-cells, cjin;i, is equal to the liquid concentration

of the species at the outlet of the gas separators, csep;jout;i . In this
model, no additional mass transfer is considered for the

interconnecting pipes. This means:

canoin;i ¼ csep;anoout;i (16)

Switching between mixed and separated electrolyte flows

in Eqs. 14 and 16 can be performed dynamically as a function

of time during the simulation.

Extending the model to a n-cell stack

In the n-cell stack, every cell is modelled in a similar manner

as explained above. A schematic representation of the n-cell

stack is shown in Fig. 5. The only difference is that two ideal

manifolds are placed at the inlet and outlet of the stack. The

manifold is used only for flow distribution at the inlet of the

stack and collecting flows from the output of the stack. On the

hydrogen side, the manifold distributes the catholyte flow

from the pump equally between the cathodic half-cells. On

the oxygen side, the anolyte flow is also equally distributed

between the anodic half-cells. No mixing between the anolyte

and catholyte flows takes place in the manifold. At the outlet,

the manifold collects the bubbly catholyte flow from cathodic

https://doi.org/10.1016/j.ijhydene.2023.05.184
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Table 1 e Input parameters for the dynamic model
corresponding to the experimental setup by Haug et al.
[14]. The electrolyte mass fraction is wKOH ¼ 0.32. The
model is run at T¼ 80 �C, pano ¼ pcat ¼ 1 bar, J¼ 1 kAm¡2

and wKOH ¼ 0.32.

Property Value Units Reference

g 0.08267 N m�1 [54]

fG;H2
0.68 e [14]

fG;O2
1 e [14]

pH2O 27583.85058 Pa [14]

dcatb
0.000157 m [14]

Aano
GL 2.95850 m2 [14]

Acat
GL

2.97927 m2 [14]

eanog;out 0.14631 e [14]

ecatg;out 0.22969 e [14]

DH2 ;q¼80 5.58823 , 10�9 m2 s�1 [49]

DO2 ;q¼80 1.68098 , 10�9 m2 s�1 [49]

mL 0.00087 Pa s [14]

rL 1276.48135 kg m�3 [55]

rH2O 971.79778 kg m�3 [46]

HH2 71661.82123 atm [43]

HO2 69577.49411 atm [43]

KS;H2 3.14 e [14]

KS;O2 3.96 e [14]

kanoL;H2
0.00042 m s�1 [14]

kcatL;H2
0.00033 m s�1 [14]

kanoL;O2
0.00020 m s�1 [14]

kcatL;O2
0.00016 m s�1 [14]
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half-cells and directs the flow to the hydrogen separator tank.

In a similar manner, the manifold at the outlet collects the

bubbly anolyte flow fromanodic half-cells and directs the flow

to oxygen separator tank.
Parameters

To verify the transient model, a dynamic simulation of the

electrolyte cycles is performed corresponding to the operating

conditions of the experiment in Ref. [15]. In this work, no

additional fitting parameters are used other than the physical

parameters reported by Haug et al. [14,15] The applied current
Table 2 e Design characteristics of the experimental electrolys

Property Symb

Electrode area Ael

Separator area Ad

Separator thickness dd
Separator porosity e

Separator tortuosity Τ

Half-cell volume Vhcell

Liquid volume in the gas separator j Vsep;j
liq

Liquid volume in the anodic half-cell Vano
liq

Liquid volume in the cathodic half-cell Vcat
liq

Gaseous volume in the anodic gas separator Vsep;an
gas

Gaseous volume in the cathodic gas separator Vsep;ca
gas

Gaseous volume in the anodic half-cell Vano
gas

Gaseous volume in the cathodic half-cell Vcat
gas
density equals J ¼ 1 kA m�2, the applied temperature is

T ¼ 80 �C, the applied pressure is pano ¼ pcat ¼ 1 bar, the liquid

volumetric flow rates are _V
ano
L ¼ _V

cat
L ¼ 0:33 Lmin�1, and the

KOH mass fraction of the liquid electrolyte is wKOH ¼ 32 wt%.

An overview of the operating conditions are provided in Table

1. The design characteristics of the electrolysis plant are

summarized in Table 2. In the following, details on calculating

simulation parameters are provided.

Gas evolution efficiency

The gas evolution efficiency is a parameter which needs to be

fitted to optimize the performance of the model. In this work,

the gas evolution efficiency (defined in Section Half-Cells) is

adopted from the experimental work of Haug et al. [14]. This is

because the experimental results by Haug et al. in Ref. [15] are

used for model validation. The same experimental setup is

also used by Brauns et al. [13] for experiments at 7 bar with a

variable current input during 72 h. The experimental results

by Brauns et al. are also used for model validation, using the

same gas evolution efficiency. FromRef. [14], the gas evolution

efficiency of hydrogen in the cathodic half-cell is defined as:

fG;H2
¼ 0:25744,

�
J
�
Am�2

�0:14134
(17)

where J is the applied current density. The gas evolution effi-

ciency of oxygen at the cathodic half-cell is considered equal

to unity [14]. The gas evolution efficiency in Ref. [14] is calcu-

lated based on the gas impurities measured at the exit of the

gas separators. Therefore, any additional mass transfer in the

gas separators is lumped in practice into the gas evolution

efficiency term [14,15].

Inmass balance equations, the liquid and gaseous volumes

inside the half-cells, Vj
liq and Vj

gas, and the gas separators

Vsep;j
liq Vsep;j

gas are required as input parameters. To obtain these

parameters, the bubble size distribution, gas holdup and

pressure inside each half-cell are required. The diameter of

the produced bubbles in the half-cell j is obtained experi-

mentally [14]:

dcat
b ¼ 593:84,10�6,ð1þ 0:2JÞ�0:25 (18)
is setup of Haug et al. [15].

ol Value Units

150 cm2

232 cm2

500 mm

0.55 e

3.14 e

0.16 � 0.015 � 0.145 m3

1.2 L

29.87 � 10�5 m3

26.97 � 10�5 m3

o 1.55 L

t 1.52 L

4.93 � 10�5 m3

7.83 � 10�5 m3
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in which the current density is in units of [kA m�2], and the

bubble diameter is in units of [m]. The diameter of oxygen

bubbles in the anodic half-cell is considered constant at dano
b ¼

10�4. The bubbles which are considered monodisperse and

perfectly spherical, and coalescence effects are not consid-

ered. The total gas volume in compartment j, Vj
gas, is obtained

using [14].

Vj
gas ¼ e

j
g;out,V

j
b,

pj

pj
tot

(19)

in which e
j
g;out is the gas hold-up fraction at the outlet of the

half-cell, and Vj
b is the volume of a single bubble. The gas

holdup is required for the calculation of the total gaseous

volume within the anodic or cathodic compartment. Eq. 18

can be used to compute the volume of the hydrogen bubble,

and for the oxygen bubble dano
b ¼ 10�4 is used. In Ref. [14], the

gas hold-up fraction is obtained experimentally using

e
j
g;out ¼ X1 � X2,X

J
3 (20)

where J is the current density in [kA m�2] and the coefficients

X1, X2 and X3 are given in Table 3 for the anodic and cathodic

half-cells. In Eq. 19, pj
tot is the total pressure of the cell, which

is the sum of the partial pressures of the produced gases and

water vapour:

pj
tot ¼ pj

out;H2
þ pj

out;O2
þ pH2O (21)

Hydrogen and oxygen produced in the cell are saturated with

water [38,39,50,51]. The water vapour partial pressure pH2O

can be calculated based on the work by Balej et al. [52]. Alter-

natively, total pressureof the cell is the sumof theatmospheric

pressure pj on the liquid electrolyte, exerted due to the

connection of the separator tank to the atmosphere, and over-

pressure due to surface tension of the produced gas bubbles

[14]. This is modelled using the Young-Laplace equation [53].

pj
tot ¼ pj þ g

4

dj
b

(22)

The second term on the right hand side is the pressure

contribution due to surface tension as a function of the bubble

diameter. The surface tension g in the liquid electrolyte can be

calculated as a function of the applied temperature and KOH

mass fraction [54]. Considering the volume of the half-cell,

and the gas volume from Eq. 19, the liquid volume in the

half-cell is calculated using

Vj
liq ¼ Vhcell � Vj

gas (23)

Based on the gas volume from Eq. 19, the area of the gas-liquid

interface follows from Ref. [14].
Table 3 e Parameters used in Eq. (20) to compute the gas
hold-up as a function of the current density J in kAm¡2

[14].

Compartment X1 X2 X3

Anode 0.59438 0.59231 0.75647

Cathode 0.76764 0.73233 0.73457
Aj
GL ¼

Vj
gas

Vj
b

,Sj
b (24)

in which Sj
b is the surface area of a single bubble in the half-

cell j which is obtained using:

Sj
b ¼ p,

�
dj
b

�2
(25)

The total volume of the gas phase on anodic or cathodic side is

the sum of the gas volume in the separator tank, and the gas

volume in the half-cell. To validate the model, the total vol-

ume of Vtot;j
gas ¼ 1:6 L of Ref. [14] is considered here to compute

the volume of the separator tank. The volume of the liquid in

the separator tank in each compartments is Vsep;j
liq ¼ 1:2 L.

For the calculation of the Sherwood number and the mass

transfer coefficient kjL;i, the density of the liquid electrolyte rL

is obtained from the work of Gilliam et al. [55], as a function of

the operating temperature and KOHmass fraction inwt%. The

dynamic viscosity, mL, is obtained from Ref. [14] and is calcu-

lated in units of [Pa s].

The system of ordinary differential equations (ODEs) (Eqs.

(1)e(6)) are solved using the SciPy package [56]. The solver

requires an initial condition for the set of ODEs.When starting

up the electrolyzer at t ¼ 0, the initial values of the unknown

terms are considered zero. This typically means that the

alkaline water electrolyzer is inactive when it starts up. In

principle other operating conditions can be selected as initial

conditions for the solver.
Results

The results obtained from the dynamic model developed in

this work are compared to the experimental results published

by Haug et al. [15] and by Brauns et al. [13] with the same

operating conditions and design characteristics. The input

properties for the operating conditions of the experimental

dynamic switching of electrolyte cycles are listed in Table 1.

The design characteristics of the electrolysis cell are listed in

Table 2. Subsequently, a sensitivity analysis is performed to

investigate the dynamic response of the system by changing

operating conditions and design characteristics.

Validation

In Fig. 6, the mole fraction of anodic hydrogen in oxygen

(impurity) is shown as a function of time. Markers indicate the

experimental results reported by Haug et al. [15]. The solid line

indicates the results obtained from the dynamic model

developed in this work. The computed impurity with mixed

electrolyte flows is shown with red solid lines, and the green

lines indicate the impurity computed with separated electro-

lyte flows. In a similar manner, red markers indicate experi-

mentally measured impurities obtained from mixed

electrolyte flows. Green markers correspond to experimen-

tallymeasured impurities obtained from separated electrolyte

flows. The dashed line is the average anodic hydrogen content

obtained from the model during the dynamic switching. The
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Fig. 6 e Validation of the dynamic switching model with

the experimental results of Haug et al. [15]. After a startup

time of 2.5 h using mixed electrolyte cycles, switching

between mixed and separate electrolyte cycles takes place

every 30 min. Markers indicate the experimental results by

Haug et al. [15], the results obtained from the dynamic

model with solid lines. The red line and the red markers

indicate mixed electrolyte cycles. The green lines and the

green markers indicate separated electrolyte cycles. The

dashed line is the average anodic hydrogen content

obtained from the model during the dynamic switching

which equals yavg;mod
H2

¼ 0:29 vol%. The average anodic

hydrogen content reported by Haug et al. [14] equals yavgH2
¼

0:31
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average anodic hydrogen content reported by Haug et al. [14]

equals yavgH2
¼ 0:31 vol%, and the model predicts a value of

yavg;mod
H2

¼ 0:29 vol%. As it is observed in Fig. 6, the anodic

hydrogen content fluctuates which is the result of the

switching betweenmixed and separated electrolyte flows (red

and green) every 30 min. Using Faraday's law, it is straight-

forward to show that the water consumption during the

experiment is in order ofmilliliters compared to the volume of

the separator tanks. For example, running the setup for 30min

at I ¼ 12 A leads to the consumption of around 2 g of water

(using Faraday's law) which is around 2 mL. This is negligible

compared to the total volume of the liquid electrolyte in the

system. Therefore, it is assumed that the concentration of the

electrolyte is constant during the experiment.

During the system startup, 0 h � ttot � 3 h, electrolyte flows

are mixed until steady state is reached in terms of the anodic

hydrogen content. In this time interval, the boundary condi-

tion of Eq. 14 is used. When 3 h < ttot � 3.5 h, the electrolyte

flows are circulated separately (separated mode). In this case,

Eq. 16 is used as the boundary condition. When switching to

separated mode, an instantaneous drop in the anodic

hydrogen content is observed based on the model which is in

excellent agreement with the results obtained by Haug et al.

[14]. Based on the material balances (Eqs. (1)e(6)), the gas

crossover in separated mode is only due to the diffusion

through the separator. After 30 min, the partly separated flow
changes to mixed mode in which the anolyte and catholyte

flows are mixed again. The boundary conditions of the mixed

mode are used as in Eq. 14. As a result, the anodic hydrogen

content starts increasing due to electrolyte mixing before the

entrance of the electrolysis cell. The continuous switching

between the mixedmode and the separated mode takes place

every 30 min, until ttot ¼ 6.5 h. At this point, the mixed mode

boundary conditions are imported into the model, and the

system approaches its steady-state anodic hydrogen content

until ttot ¼ 8 h.

It is observed that the model predicts the experimental

steady-state anodic hydrogen content until ttot ¼ 3 h.

Combining themixed and separatedmode of electrolyte flows

leads to a decrease in the anodic hydrogen content. In Fig. 6, it

is shown that the results from the model follow this decrease

successfully. When ttot ¼ 3.5, 4.5, 5.5, 6.5 h, the model predicts

a slightly lower anodic hydrogen content at the end of the

separatedmode. The underestimation of the anodic hydrogen

content can be due to a large concentration gradient across

the separator. Due to the CSTR model and the uniform con-

centration throughout the half-cell, the model cannot capture

phenomena of local supersaturation. However, the maximum

anodic hydrogen content is in excellent agreement with the

experimental results at ttot ¼ 4, 5, 6 h. The experimental im-

purities reported by Haug et al. [14] are slightly lower

compared to the steady-state results obtained from themodel

for t > 6.5 h.

Overall, the dynamic model sufficiently validates the

experimental results in Ref. [15] and captures the sinusoidal

response during the dynamic switching of electrolyte cycles.

The average anodic hydrogen content, which is calculated by

the model, slightly deviates from the experimental average

value. Despite the lower anodic hydrogen content which is

predicted from the model when switching occurs from the

separated to the mixed mode, the results from the model and

the experiment are in excellent agreement.

Using the same experimental setup as used by Haug et al.

[15], Brauns et al. [13] implemented a synthetic current density

profile, representing fluctuations from PV and wind power, to

evaluate how the anodic hydrogen content dynamically

changes with time for a period of 72 h. This allows the use of

the same gas evolution efficiency as in Ref. [14]. In addition to

the fluctuating current, the experiment is performed at a

pressure of 7 bar, which differs from the previous experiment

by Haug et al. which was performed at atmospheric pressure

[14,15]. The synthetic current density of Ref. [13] was digitized

as an approximation as the exact raw data were not reported.

This is shown in Fig. 7 (a). The model developed in this work

was tested and compared to the reported experimental data

from Ref. [13], and the results are shown in Fig. 7(b). The

experimental results are shown with triangles and circles for

dynamic switching andmixed electrolyte cycles, respectively.

Themodel uses 10 input signals per hour as an approximation

for the signal of Ref. [13]. The dotted line (black) is the impurity

obtained from the model with dynamic switching every 2 h.

Although a good agreement is already observed between the

model and the experimental results, near perfect agreement is

obtained by considering additional crossover mechanism

contribution due to the differential pressure between the half-

cells [22] (continuous cyan line):
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Fig. 7 e (a) Synthetic current density profile representing fluctuations from wind power for a period of 72 h as reported by

Brauns et al. [13], with the experimental setup of Haug et al. [15]. (b) Validation of the dynamic model, using the data from

subfigure (a), by comparing the calculated anodic hydrogen content to the experimental impurities of Brauns et al. [13]:

triangles are the experimental impurities measured during dynamic switching. Circles are the experimental data measured

during electrolyte mixing. The continuous cyan line corresponds to the result obtained from the model including crossover

permeation due to the differential pressure between the half-cells (300 mbar). The dotted line is the obtained result from

dynamic switching assuming no pressure differential between the half-cells. The red dashed line is the obtained result from

the model with mixed electrolyte cycles with the pressure differential between the half-cells. The dashed dotted line are the

impurities obtained considering no pressure differential during the mixed mode. (For interpretation of the references to

color in this figure legend, the reader is referred to the Web version of this article.)
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Ndp
H2

¼ Ksep

h
SH2

pcat
H2

DP
dsep

(26)

in which DP is the differential pressure between the cathodic

and the anodic half-cells. The permeability of the Zirfon

separator is estimated as 2 � 10�16 from Ref. [22]. The imple-

mentation of Eq. 22 by Feldkamp from 1969 [54] for the pres-

sure differential does not lead to any significant change in the

gas crossover as it predicts negligible pressure differential

between the half-cells at 7 bar. This indicates that pressure

differential effects become more pronounced at high pres-

sures, and a balanced pressure operation is important to

reduce the gas crossover. The gas crossover due to differential

pressure is not included in the model in Ref. [14]. In the dy-

namic switching operation, it is observed that a pressure
differential of 300 mbar (as an approximation) between the

cathodic and anodic half-cells results in an excellent agree-

ment between the experimental anodic hydrogen content

(triangles) and the impurities obtained from the model

(continuous cyan line). In addition, good agreement is

observed between the experimental (circles) and simulated

anodic hydrogen content (black dashed dotted line) for mixed

electrolyte cycles for a period of 72 h. Considering the differ-

ential pressure between the half-cells leads to excellent

agreement between the model (red dashed line) and experi-

mental results. This shows that the model can be applied to

more realistic cases with a fluctuating current driven by

renewable energy sources, as opposed to perfectly monitored

laboratory conditions. To demonstrate the sensitivity of the

model to different fluctuating current density profiles, two

other current densities were randomly generated using the
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Fig. 8 e (a) Randomly-generated current density profiles for 72 h using the ARMA approach [57] as reported in Ref. [13]. The

dynamic model was run using the synthetic current densities from subfigure (a). The dynamic model corresponds to the

experimental setup by Brauns et al. [13] at P ¼ 7 bar, and T ¼ 60 �C. The corresponding impurities obtained from the

simulations are shown in (b). The dashed and dotted lines (impurities) in subfigure (b) correspond to the dashed and dotted

lines (current densities) in subfigure (a), respectively.
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autoregressive-moving-average (ARMA) model from Refs.

[13,57]. The randomly generated currents and the results are

shown in Fig. 8. In this figure, the sensitivity of the model is

shown with respect to fluctuating current from renewable

sources. It is observed that the gas crossover model can

respond to different current fluctuations which plays an

important role in safe operation of the AWE.

Single cell model sensitivity analysis

A sensitivity analysis is performed to study the dynamic

response of the system by changing operating conditions or

the design characteristics of the cell. Eq. 14 is used to impose

boundary conditions corresponding to mixed electrolyte

flows. The operating conditions include the variation of the

liquid volumetric flow rate, temperature, mass fraction of

KOH, and the volume of the separator tanks. The models with

the varying input parameters are compared to the base model

in Section Mathematical Model. The input parameters of the

base model are listed in Table 4.
In Fig. 9, the sensitivity analysis due to the variation of the

operating conditions is presented. More specifically, the

varying operating conditions include the liquid flow rate _VL

(Fig. 9(a)), the temperature T of the process (Fig. 9(b)), themass

fraction of KOH (Fig. 9(c)), and the liquid Vsep;j
liq and gaseous

volume in the gas separator Vsep;j
gas (Fig. 9(d)). The models with

the varying operating conditions are compared with the base

model in Table 4 (black dashed line). In Fig. 9(a), the anodic

hydrogen content is shown for different electrolyte flow rates.

It is observed that an increase in the liquid flow rate results in

a higher anodic hydrogen content when the system reaches

steady state. An increase in the liquid flow rate corresponds to

higher electrolyte mixing leading to a higher convective mass

transfer (Eq. (1) to 6). Therefore, the bulk concentration of

hydrogen in the anodic half-cell increases as the liquid flow

rate rises leading to a higher desorption flux (governed by

higher supersaturation) into the gas phase. In a similar

manner, reducing the liquid flow rate leads to a decrease in

the anodic hydrogen content. Based on Fig. 9(a), it is observed
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Fig. 9 e Changes in the dynamic response of the system as a result of changing one of the operating conditions or design

characteristics compared to Table 4: (a) Liquid flow rate. (b) Temperature. (c) KOH wt%. (d) Volume of the separator tank.

Table 4 e Input parameters of the base model for the sensitivity analysis.

Variable Symbol Value Units

KOH mass fraction wKOH 30 wt%

Liquid flow rate _VL 100 mL min�1

Operating temperature T 313.15 K

Operating pressure in the compartment j pj 101,325 Pa

Current density J 1 kA m�2

Anodic gas separator volume Vano
sep 1 L

Cathodic gas separator volume Vcat
sep

1 L

Liquid volume in the anodic gas separator Vsep;ano
liq

0.5 L

Liquid volume in the cathodic gas separator Vsep;cat
liq

0.5 L

Hydrogen gas evolution efficiency fG;H2
0.875 e

Oxygen gas evolution efficiency fG;O2
0.830 e
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that in the current range of flow rates, the transition time to

steady state is not significantly affected. In Fig. 9(b), the

change in the anodic hydrogen content is provided with

respect to the variation of the cell temperature. It is observed

that an increase in temperature leads to a decrease in the

anodic hydrogen content. Based on the available gas solubility

data in electrolyte solutions [58], one can conclude that the
solubility of hydrogen and oxygen in liquid electrolyte de-

creases with temperature which leads to a higher supersatu-

ration in the electrolyte for a certain current density. A higher

desorption flux of hydrogen to the gas phase in the cathodic

half-cell (as a result of temperature increase) reduces themole

fraction of the crossover oxygen (impurity). Similarly, due to a

higher desorption flux of oxygen into the gas phase in the
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anodic half-cell, the mole fraction of the crossover hydrogen

(impurity) reduces. Higher temperatures also lead to a higher

hydrogen and oxygen diffusivity [49]. However, the results

indicate that the effect of increased desorption flux at higher

temperature is dominant compared to the increased hydrogen

or oxygen diffusion flux through the membrane. This results

in a lower gas crossover rate.When reducing the temperature,

the opposite behavior is observed. The variation of the tem-

perature does not affect the transition time to the steady state.

When considering Fig. 9(b), it is important to distinguish be-

tween the concepts liquid phase solubilities, and impurities

(mole fractions) in the gas phase. In Fig. 9(c), the effect of mass

fraction of aqueous KOH solution on the anodic content is

shown. It is shown that increasing the mass fraction of KOH

leads to a decrease in the anodic hydrogen content. Due to the

well-known salting out effect [45], the solubility of hydrogen

and oxygen in the bulk electrolyte decreases. This causes a

higher desorption flux of hydrogen in the cathodic half-cell

and a higher desorption flux of oxygen in the anodic half-

cell to the gas phase. Consequently, the mole fraction of

hydrogen in anodic oxygen decreases with increasing KOH

mass fraction. It is observed that in the current range of mass

fractions, the transition time to the steady-state is not

affected. In Fig. 9(d), the dynamic response of the anodic

hydrogen content is shown in terms of the total geometrical

volume of the separator tanks. The liquid volume of the

electrolyte in the gas separator is 50% of the geometrical vol-

ume of the separator tank. It is noticed that an increase in the

geometrical volume results in a longer transition time to the

steady-state. An increase in the geometrical volume of the gas

separator leads to an increase of both the liquid and gaseous

volume inside the gas separator. Therefore, it causes a slower

response in the dissolved species in the liquid electrolyte and

a slower response in the outlet partial pressures of the species

in the gas separator. This observation can be explained based

on the ODEs of Eqs. 5 and 6. The transition time of the anodic

hydrogen content presents a strong dependency on the
Fig. 10 e (a) Calculated anodic hydrogen contents with differen

1 h. The following average impurities are obtained in the anodi

for 5-cell stack, and 1.19%vol for 20-cell stack. (b) Comparing th

startups for 20-cell stack. The anodic hydrogen content remains

1.17%vol. The current density used in this simulation is J ¼ 0.2
gaseous volumetric flow rate. Since the response time of the

bulk concentration increases with increasing the volume of

the separator tank, the gaseous volumetric flow rate will

develop slower. Therefore, when the volume of the separator

tank increases, the anodic hydrogen content reaches its

steady-state value slower. On the contrary, when the volume

of the gas separators decreases, the anodic hydrogen content

will reach its steady-state value faster as a result of the bulk

concentration and the partial pressures in the gas separator

developing faster.

Evaluating switching time and startup modes for ncell stacks

The anodic hydrogen content is computed for stacks with 5

and 20 cells, and the results are compared to those obtained

from a single cell. To showcase the influence of the separator

tank volumes, two separator tanks of 40 L are considered. For

the cells, the same design characteristics in Table 2 are

considered. The total flow of the stack is computed based on

the flow of a single cell (330 ml min�1 per half-cell) times the

number of cells. Simulations were performed for a switching

time of 1 h (between mixed and separated electrolyte flows),

and current density of J¼ 0.2 kAm�2. The total simulation time

is 20 h. The results are shown in Fig. 10. It can be seen that in

Fig. 10(a), the anodic hydrogen content of the 20-cell stack is

highest during the same startup time compared to a single cell

and the 5-cell stack. Assuming a design threshold of 2% for the

anodic hydrogen content (50% of explosion safety limit), it is

concluded from Fig. 10(a) that a switching time less than an

hour is necessary for the 20-cell stack. For the 5-cell stack, the

simulation results show that both the simulation time and the

anodic hydrogen content are favourable (below 2%). For a

single cell system, the results show that the system anodic

hydrogen content is building up very gradually. This indicates

that the sizing of the separator tanks are not suited for the

single cell system. This analysis shows that the dynamic

response obtained from the transient model of the stack can
t stack sizes (1e20 cells) with a dynamic switching time of

c compartment: 1.02%vol for the single-cell stack, 1.19%vol

e anodic hydrogen content with separate and mixed flow

below 2% during separated startup with an average value of

kAm¡2. For all cases, a switching time of 1 h was used.
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be directly used for sizing of the separator tanks and/or the

stacks. In Fig. 10(b), the anodic hydrogen content is shown for

the same stack of 20 cells, with two different startups, one

with mixed electrolyte cycles, and one with separated elec-

trolyte flows. It is clear from the results, that the a threshold of

2% is avoidedwhen the system is started with separated flows

with 1 h cycle time for switching between mixed and sepa-

rated electrolyte cycles. The average anodic hydrogen content

during this dynamic switching remains the same. The results

in Fig. 10 are an example of how the transient model can be

used both for sizing of the separator tanks and safe operation

of the system with regards to explosion regulations.
Conclusions

To predict gas crossover in alkaline electrolysis, we have

developed a transient model as an extension of the steady-

state model developed by Haug et al. [14,15]. One can perform

simulations for a specific case of a single-cell electrolysis stack

or a multi-cell stack. Due to the dynamic nature of the model,

gas crossover can be predicted formixed anolyte and catholyte

flows, separated flows, or a combination thereof in time. The

model is validated for the single-cell case using the data from

the experimental setup and operating conditions provided by

Haug et al. The average anodic content obtained from the dy-

namic mixing/separating of electrolyte flows

ðyavg;mod
H2

¼ 0:29 vol%Þ is in good agreement with the experi-

mental results reported by Haug et al. ðyavgH2
¼ 0:31 vol%Þ [14].

Due to the CSTR assumption, themodel does not capture local

supersaturation near the electrode surface leading to an un-

derestimation of the anodic hydrogen content. The model is

also validated with the experimental results by Brauns et al.

[13] at 7 bar. Brauns et al. have used a fluctuating current

density profile representing wind as an input for the electro-

lyzer, and have measured the anodic hydrogen content for

separated and mixed electrolyte cycles. Good agreement is

observed between the results obtained from themodel and the

reported experimental data for a period of 72 h. It is important

to note that excellent agreementwith the experimental results

is obtained when considering the contribution of the pressure

differential between the half-cells to the overall gas crossover.

The dynamic response of the model to the gas crossover is

studied by changing the electrolyte flow rates, temperature,

mass fraction of the electrolyte and the total volume of the

separator tanks. The results obtained from the simulations

indicate a strong dependency of the transition time to steady-

state conditions on the size of the separator tanks. The volume

of the half-cells can influence the transition time to steady-

state conditions. In this model, the gas evolution efficiency

acts as a lumped parameter capturing both the effect of the

crossover through the separator and electrolyte mixing. The

extended multi-cell model is used to compute the gas cross-

over as a function of different stack sizes from1 to 20 cells. It is

observed that at the startup, the rate of building up impurities

is highest for the 20-cell stack. This rate can be reduced or

modified by using a smaller switching time or starting up the

electrolyzer using the separated electrolyte cycles. Depending

on the requirements for the impurities, themodel can be used
as a tool to adjust the operation of the mixed/separated elec-

trolyte cycles for different stack and separator tank sizes.

Furthermore, the model predicts different anodic hydrogen

contents depending on whether the system starts up with

mixed or separated electrolyte cycles.
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Nomenclature
Constants

F Faraday's constant 96,485 (C mol�1)

g Gravitational acceleration 9.81 (m/s2)

MH2O Molar mass of water 18.01 (g mol�1)

MKOH Molar mass of KOH 56.10 (g mol�1)

n Charge transfer (�)

R Universal gas constant 8.314 (J mol�1 K�1)

Greek symbols

dL Liquid film thickness (m)

g Surface tension of KOH concentrated liquid

electrolyte (N m�1)

mL Dynamic viscosity of KOH liquid electrolyte (Pa s)

ni Stoichiometric coefficient of species i

rH2O Water density (kg m�3)

rL Density of KOH liquid electrolyte (kg m�3)

t Tortuosity of the separator

q Electrolyte temperature (�C)
e Porosity of the separator

e
j
g;out Gas hold-up fraction at the outlet of compartment j

e
j
g Gas hold-up fraction inside the compartment j

Symbols
_nj
R;i Reaction rate of species i in compartment j (mol s�1)
_Vmix Liquid flow rate under mixed-mode operation (m3

s�1)
_V
j
G Outlet gaseous volumetric flow rate in compartment

j (m3 s�1)
_V
j
L Inlet liquid volumetric flow rate in compartment j

(m3 s�1)

Ad Separator area (m2)

Ael Electrode area (m2)

Aj
GL Gas liquid interface in compartment j (m2)

cjin;i Inlet concentration of product i in compartment j

(mol m�3)

csep;jout;i Outlet concentration of species i in the gas separator

of the compartment j (mol m�3)

cjout;i Outlet concentration of product i in compartment j

(mol m�3)

c*;ji;H2O
Equilibrium concentration of species i in pure water

in compartment j (mol m�3)

c*;ji Equilibrium concentration of species i in

compartment j (mol m�3)
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cmix
i Inlet mixed-mode concentration of species i (mol

m�3)

dd Thickness of the separator (m)

djb Diameter of bubble in compartment j (m)

Di,q Molecular diffusivity of species i, at temperature q in

the KOH liquid electrolyte (m2 s�1)

Deff
i Effective diffusivity of species i (m2 s�1)

fG,i Gas evolution efficiency of species i (�)

hsep;j
liq Liquid volume fraction in the gas separator of the

compartment j (%)

Hi Henry's coefficient of species i (atm)

i Species, H2 or O2

J Applied current density (A m�2)

j Corresponding anodic or cathodic compartment/

separatortank

kjL;i Mass transfer coefficient of the gas-liquid film of

species i in compartment j(m s�1)

KS,i Sechenov constant of species i

m Molality of KOH (mol kg�1)

Ncross,i Crossover flux of species i through the separator

(mol m�2 s�1)

Nj
phys;i Physisorption mass flux of species i in compartment

j (mol m�2 s�1)

Nj;sep
i;gas Moles of species i in the gaseous volume of gas

separator of the compartment j (mol)

Nj
i;gas Moles of species i in the gaseous volume of

compartment j (mol)

Nj;sep
i;liq Moles of species i in the liquid volume of gas

separator of the compartment j (mol)

Nj
i;liq Moles of species i in the liquid volume of

compartment j (mol)

pH2O
Water vapour partial pressure (Pa)

pj Pressure exerted on the liquid electrolyte by means

of a pump in compartment j (Pa)

pjin;i Inlet partial pressure of species i in the compartment

j (Pa)

psep;jout;i Outlet partial pressure of species i in the gas

separator of the compartment j (Pa)

pjout;i Outlet partial pressure of species i in the

compartment j (Pa)

pjtot Total pressure in the compartment j (Pa)

Sjb Surface area of a single bubble in compartment j(m2)

T Temperature (K)

tswitch Switching time (min)

ttot Total time of the experiment (h)

Vb Volume of a single bubble in compartment j (m3)

Vhcell Geometrical volume of the half cell (m3)

Vsep;j
gas Gaseous volume inside the gas separator of its

associated compartment j (m3)

Vtot;j
gas Gaseous volume of the half-cell and the gas

separator of compartment j (L)

Vj
gas Gaseous volume inside the compartment j (m3)

Vsep;j
liq Liquid volume inside the gas separator of its

associated compartment j (m3)

Vtot;j
liq Liquid volume of the half-cell and the gas separator

of compartment j (L)

Vj
liq Liquid volume inside the compartment j (m3)

Vj
sep Geometrical volume of the gas separator of its

associated compartment j (m3)
wKOH Mass fraction of potassium hydroxide in the

electrolyte solution

yavg;mod
H2

Average calculated anodic hydrogen content (vol%)

yavgH2
Average experimental anodic hydrogen content (vol

%)

yi volume fraction of species i (vol%)
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